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Dear Professor Fabiano and Dr. Lee,

We are pleased to present our process for the production of BTX from Ethane proposed by Dr.
Richard Bockrath. Our plant, located along the Gulf Coast, is designed to produce 0.5 MM tons of BTX
(62% Benzene, 30% Toluene, 8% Xylene) per year from 0.82 MM tons of fractional-grade ethane per
year. This process utilizes the dehydroaromatization of ethane over a platinum zeolite catalyst using
Group 14 elements such as germanium, tin and lead in its framework. This reaction takes place at 630°C
and 1 atmosphere in a furnace with packed tubes similar to the reactor used for the steam reformation of
methane. The products that are leaving the reactor are separated using flash vessels, distillation units, and
PRISM membrane separators. Unreacted ethane, ethylene, propane, and propylene are recycled to
minimize waste and maximize conversion. Hydrogen and methane generated in this process are burned in
fired furnaces to generate heat for the process. Heavier hydrocarbons that are produced are sold as a
gasoline additive to maximize profits. Detailed equipment designs and a preliminary economic analysis of
the plant are enclosed within.

This method of BTX production would compete with two current methods of production,
namely catalytic reforming of naphtha in petroleum refineries and steam cracking of hydrocarbons.
Unlike its competitors, this process uses ethane, which has become much cheaper since the shale gas
boom.

We have determined that at the current prices of raw materials, products and utilities, the process
would be unprofitable. Our base case currently assumes a catalyst lifespan of four weeks; however it was
found that in order to have a positive Net Present Value after 15 years, the catalyst would have to be
repurchased no more frequently than once every 8.5 weeks. However, provided that the market outlook is
positive in the future, this plant has potential to achieve a strong hold on the emerging market.

Sincerely,

Arthur Chen Fiona Crowley Jonathan Lym Pablo Sanchez
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Abstract

Abstract

This process will produce 0.5 MM tons of benzene, toluene, and xylene (BTX) per year from a
feedstock of 0.82 MM tons of fractional-grade ethane. The conversion of ethane to BTX occurs in a
steam reformer reactor operating at 1170°F, using a germanium-incorporated H-ZSM-5 zeolite catalyst.
After the reaction occurs, the light components are separated from the product stream using a multistage
compressor and flash followed by the PRISM separation system. The light hydrocarbons (ethylene,
ethane, propylene, and propane) are recycled to the reactor and the hydrogen and methane are burned.
The final BTX product is separated from the heavy stream using two distillation columns, and the
remaining heavy components are sold for use in gasoline. The plant will be located on the Gulf Coast due
to the abundance of fracking operations in the area, allowing for easy access to ethane feedstock and
gases used in the regeneration process. The process is currently unprofitable with an IRR of 2.87% and a
net present value of -$166,765,000 at a discount rate of 18%. The financials for this venture are highly
sensitive to the price of catalyst components and catalyst lifetime. A few major reasons that make this
venture unprofitable are the high cost of catalyst, the high equipment cost, and the short catalyst lifespan.
After in depth analysis of the financials, we recommend that this project only be executed if market prices
for input components significantly decrease, prices for BTX significantly increase, or catalyst lifetime
significantly increases.
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Introduction and Objective-Time Chart

Due to the recent increase in fracking in the United States, there is a high availability of light
paraffinic hydrocarbons to be used as feedstocks, especially ethane. While research into alkanes-to-
aromatics processes was more popular in the 90s, with advances by companies such as Cyclar and
Aromax, these processes fell out of favor due to the difficulty in finding a suitable catalyst. However, a
recent patent by Shell showed promising conversions and selectivities to BTX for a catalyst consisting of
a germanium incorporated into a zeolite.

This project is also motivated by the decrease in traditional sources of BTX, leading to a demand
for new methods of production. BTX is typically made through catalytic naphtha reform or by extracting
from naphtha-fed ethylene crackers, both of which require relatively expensive crude oil. As ethane is a

common by-product of fracking, it is much cheaper, thus allowing for very high potential profits from this

process.

Table 1. Objective Time Chart of Project Milestones

Completion Date Milestone

February 3 Submit preliminary material balance and computer-
drawn block flow diagram.

February 24 Submit base case material balance and computer-
drawn process flow diagram.

March 17 Submit detailed equipment design for a key process
unit.

March 24 Major equipment designed.

March 31 Finances completed.

April 7 Written reports due.

April 14 Revised written reports due.

April 21 Design presentations.

Chemistry Background

The general reaction mechanism is shown in Figure 1. Alkanes, such as ethane and propane,
undergo dehydrogenation to form alkenes. This step is the rate-limiting step for the process. The alkenes
then oligomerize to form longer chain hydrocarbons. The oligomers then cyclize to form naphthenes and
then are dehydrogenated to form aromatics, the final product. Hydrogen is produced throughout this

process and causes the reactions to be endothermic.
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Figure 1. General mechanism for the aromatization of alkanes®.

While the general mechanism of this process is well-known, only three stoichiometric equations of the

conversion of ethane to benzene, toluene and xylene could be found?. Otherwise, no information could be

found on the exact stoichiometry or the kinetics of the steps. Table 2 shows the chemical equations that

have been proposed for the project and the components of the reactor effluent were assumed to be the
same as the results provided in US Patent 209,795% and US Patent 324,778".

Table 2. Reaction network and heat of reaction per mass of C2 or C3 hydrocarbon consumed. Note that the reactions
in which ethane and propane are consumed are endothermic.

Reaction Number

Stoichiometric Reaction

AH,,, BTU/Ib of C2 or C3 consumed

1 C,Hg + H, > 2CH, -3.81
2 C,Hg > CoH, + H, 8.04
3 3C,Hs - 2C3Hg + 3H, 5.76
4 3C,Hg > 2C3Hg + H, 0.905
5 3C,Hg - CeHg + 6H, 5.92
6 4C,Hs - C,Hg + CH, + 6H, 4.60
7 4C,Hg - CgHyg + CHy + 7H, 4.61
8 5C,Hs > CoHyp + CHy + 7H, 7.56
9 C,H, + 2H, > 2CH, -13.3
10 3C,H, - 2C3H, -2.56
11 3C,H, + 2H, - 2C3Hg -8.03
12 3C,H, > CsHg + 3H, -2.38
13 4C,Hy - C;Hg + 2H, + CH, -3.87
14 4C,H, - CgHyo + 3H, -3.86
15 4C,Hy = CoHy, + 2H, + CH, -0.543
16 2C3Hg - CgHg + 5H, 3.08
17 3C3Hg - C,Hg + C,Hg + 5H, 2.21
18 3C3Hg - CgHyo + CH, + 5H, 1.70
19 3C3Hg - CoHyo + 3H, 4.86
20 CiHg + H, » CHy + C,H, -1.07
21 2C3Hg — CeHg + 3H, 0.104
22 2C3Hg - C,Hg + C,Hg + 2H, -0.803
23 3C3Hg - CgHyo + CHy + 2H, -1.34
24 3C3Hg - CoHyo + 6H, 1.97
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Many of the reactions shown in Table 2 above are endothermic. Therefore the option of supplying heat to
the reactor was considered when designing the reactor so that the reactants would remain at the reaction
conditions of 1170°F.



Process Charter

Process Charter

Project Name: BTX from Ethane
Project Champion: Richard Bockrath, Process Engineer - formerly DuPont
Daeyeon Lee, Associate Professor - University of Pennsylvania
Leonard Fabiano, Adjunct Professor - University of Pennsylvania
Project Leaders: Arthur Chen, Fiona Crowley, Jonathan Lym, Pablo Sanchez
Specific Goals: Design a preliminary competitive plant and process to create 0.5 million tons of

BTX/year using fractional grade ethane.

Project Scope:
In Scope
e Fully specified equipment lists (sizing, materials, etc.) and subsequence process design
e Stoichiometric reactor model
e Catalyst specifications
e Methods of separation
e Size and configuration of recycle loops
e Cost analysis
Out of Scope
e Kinetic reactor model
Deliverables:
e Completed process model showing every piece of equipment and its specifications, including
operating parameters.
e Capital cost and financial economic analyses demonstrating feasibility and profitability of the
design.
e \Written report describing our findings/design.
e PowerPoint presentation of our findings/design.
Timeline:
e Weekly progress reports until final report submitted.
e \Written design report completed by Tuesday, April 14, 2015.
e Oral presentation given on Tuesday, April 21, 2015.
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Innovation Map

Recent breakthroughs in technology have made this process attractive. The innovation map, shown in

Figure 2, shows how certain technologies affect the process and benefits customers.
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Figure 2. Innovation Map for the Proposed Process Design.
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Market Analysis

The Use of Ethane over Oil

Currently, BTX is primarily produced in plants using the method of naphthalene reformation
from crude oil. As demand for crude oil inevitably increases in the near future, alternatives to the use of
crude oil have been a major area of research due to the possibility of permanent increases in price over
time. Besides economic reasons, the use of crude oil in general has become increasingly unpopular in
recent years due to stigma regarding its importation from foreign sources and negative environmental
impact. Due to the emergence of the hydraulic fracturing process to economically retrieve previously
unreachable natural gas in shale rocks, the price of United States natural gas has fallen by 80% in the past
five years from a 2008 price of about $10 per 1000 cubic feet to a current price of between $2 and $3 per
1000 cubic feet®. This low in the price of natural gas has opened an entirely new area of research into new
uses of natural gas that could not have been considered earlier due to pricing issues. The study of the
feasibility of producing BTX from natural gas components has been motivated by this price decrease,
including a patent that converts propane to BTX. However, fractional grade ethane, which can be
purchased as undesired byproduct from power plants, is substantially cheaper and readily available, and
therefore worth studying as a feedstock for BTX production. For the purposes of this design project, the

price of ethane is $0.067 per pound and is tabulated in Table 5.

Natural gas has traditionally been used as a source of energy and is currently the second largest
energy source in the world behind crude oil. The use of natural gas for energy is preferred in our
increasingly environmentally conscious world for reasons besides its economic benefits; its combustion
releases 30% less carbon dioxide than oil and up to 45% less carbon dioxide than coal per Btu of heat
produced. It is also in abundance in the U.S. as a domestic energy source with proven resources at 354
trillion cubic meters as of 2014, making up 5% of the world’s proved reserves. Figure 5 shows the

distribution of natural gas reserves by state in the United States.

The recent drop in crude oil prices is also a consideration, as this makes the traditional
naphthalene reformation process of producing BTX more economically feasible. However, both natural
gas and natural gas liquid (e.g. ethane) prices have dropped just as much, as seen in Figures 3 and 4.

While the drop in crude oil prices has made some of the least profitable fracking companies stop drilling,
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the natural gas prices have not appeared to have been affected. If anything, natural gas prices have fallen

alongside those of crude oil, making our process just as competitive as before the price drop.
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Figure 3. Natural gas prices from April 2014 to April 2015°.
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Figure 4. Ethane spot prices (per gallon) from December 2014 to April 2015°.
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Figure 5. Natural gas proved reserves by sales/area, 2013°

Benzene

Benzene is the starting chemical reagent to create a wide array of aromatic chemical products. It is the
most widely used aromatic petrochemical used in industrial processes. In the United States, about 50% of
benzene is used to produce styrene, 20% is used to produce cumene, and 15% is used to produce nylon.
Although the demand for benzene has been relatively stable in recent years, there are worries that
weakening demand for polystyrene may negatively impact future prices of benzene. Despite this outlook,
however, the price of benzene has been increasing in the past five years to a current high. For the
purposes of this report, the price of our BTX mixture is taken to be $0.41 per pound as tabulated in Table
6.

Toluene

Toluene is a common organic solvent and is commonly used as paint thinner. The largest industrial use of
toluene is in the production of benzene and xylene — making up over 46% of annual consumption in the
United States. It is also used to make dyes, photographic chemicals, and pharmaceuticals. Its use is

limited in consumer applications due to its status as a known carcinogen. The price of toluene is
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considered by the Independent Chemical Information Service as being volatile and is correlated to the
price of gasoline. Because the majority of BTX produced is via crude oil cracking, as the price of crude
oil has been increasing in the recent past, so has the price of toluene. It is predicted that production
outages and political tensions are likely to keep the price of toluene volatile in the foreseeable future. For
the purposes of this report, the price of our BTX mixture is taken to be $0.41 per pound as tabulated in
Table 6.

Xylene

Para-xylene is the most valuable product per pound that is created in the production of BTX. It is used in
the large scale to create the polyester PET, which is used to produce clothing fibers, plastic bottles, film,
and other synthetic plastic and polymer products. The demand in the market for p-xylene is therefore
highly correlated with the demand for PET polyesters and their derived products. Tecnon OrbiChem, a
UK-based consulting firm, estimates world consumption to increase by 7% per year. This represents an
attractive marketplace for new entrants such as our company. O-xylene is used in industry as a necessary
agent to create plasticizers. The main application however for mixed xylenes is to be converted to more
valuable p-xylene which can be then used for a wide variety of applications listed earlier. For the
purposes of this report, the price of our BTX mixture is taken to be $0.41 per pound as tabulated in Table
6.

BTX Market

The market for BTX is currently valued at $80.8 billion in sales per year. According to IBISWorld
reports, the market for BTX production is mature and very heavily regulated®. Although the industry is
profitable and expected to grow at an average rate of 2.7% over the next four years to $96.2 billion in
2018, performance is heavily influenced by high levels of volatility. This level of growth is expected to be
fuelled by the growth of the chemical and plastic product manufacturing industry. For example, the
demand for housing starts which increase the demand for insulation derived from para-xylene is expected
to grow at an annualized rate of 11.1%. The market for BTX is considered at this point to be mature due
to product saturation and market acceptance. It is also outlined by clearly defined and segmented product
groups and user industries as outlined in an industry report conducted by IBISWorld US in 2012. It is still
possibly an attractive industry to enter, however, because of an expected shortage in supply to match the
increase in demand expected through 2020. The primary markets are those in the domestic chemical

manufacturing industry — only 1.8% of revenue of 2015 is predicted to be due to exports.

10
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Competitive Analysis

Competition in this market is seen to be medium but increasing due to the growth rate of the BTX

industry and the potential for innovative methods of its production. The two largest competitors in this

industry are Exxon Mobil Corporation and The Dow Chemical Company. Anellotech Inc. is another

smaller competitor that aims to produce BTX products from renewable sources.

1.

3.

Exxon Mobil Chemical: Exxon Mobil Chemical is the petrochemical arm of Exxon Mobil
Corporation. Exxon is one of the world’s largest petrochemical companies. It is the largest North
American producer of benzene and toluene and the second-largest producer of mixed xylene —
holding an overall market share of 3.0%. Exxon, the country's largest oil refiner, is currently
expanding their Texas facilities to take advantage of the close proximity to the gulf as well as
further integrate the petroleum and petrochemical refining process. Its sales are estimated at $2.45

billion per year and it is expected to grow at an annual rate of 15.8%.

The Dow Chemical Company: Dow produces more than 5000 products in 197 manufacturing
facilities in 36 countries. It is one of the largest petrochemical companies in the world. Unlike
Exxon, Dow has its materials transferred to its chemical plants at a net cost. Dow currently
operates six business segments with feedstocks and energy being the only relevant business
segment to the petrochemical industry. In the five years to 2015, IBISWorld estimates that Dow's
industry-specific revenue has increased at an annualized rate of 10.3% to $4.4 billion. It holds an

overall BTX market share of 2.6%. Its sales are estimated at $2.1 billion per year.

Anellotech Inc.: Anellotech has developed a clean technology platform to inexpensively produce
BTX from renewable biomass. It is expected that their products will be inexpensive compared to
petroleum derived counterparts while providing identical benefit. Anellotech will own and

operate its own plants and sell proprietary technology to licensees.

Porter’s Five Forces

The Porter’s Five Forces framework is widely used in industry to identify and evaluate the competitive

forces that must be considered when entering a prospective market. It was formed by Michael Porter of

the Harvard Business School in 1979 as a tool to derive five market forces that determine the competitive

industry and therefore the potential for profitability in a target market. The five forces are the (1)
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competitive rivalry within an industry, (2) bargaining power of suppliers, (3) bargaining power of
customers, (4) threat of new entrants, and (5) threat of substitute products. By carefully considering how
each of these forces affects our position in our target market, a more informed decision to enter the

market can be made.

1. Competitive Rivalry Within the Industry

Currently, BTX is produced mostly via plants that incorporate naphthalene reforming processes from
crude oil. The potential for new innovative processes to maintain a competitive advantage is
inherently low as there are relatively few sources that hydrocarbons can be economically derived
from sources other than fossil fuels. According to ICIS, some markets may be saturated in terms of
the amount of BTX that is floating. In Asia, for example, there is an excess of benzene that is causing
a cut in production to avoid a drop in price. Because existing BTX producers are dependent on the
price of crude oil in order to justify the profitability of their operations, there is clearly a market
opportunity in presenting an alternative and possibly more economical reagent such as natural gas.
Because there are so many large competitors in the BTX production industry, however, competitive

rivalry is expected to be high.

2. Bargaining Power of Suppliers

Because the natural gas that is needed for our process is plentiful in the Gulf Coast region, it is
unlikely that suppliers will be able to pose a significant threat to our industry. This is because the
infrastructure needed in the transportation of natural gas offsite is very expensive and the price of
natural gas is determined largely by market forces. It would be relatively easy to switch to another
supplier since the costs of changing suppliers will be low due to the high concentration of refineries in
the region. Other suppliers, such as that of electricity and catalyst components, may have more

bargaining power based on their higher flexibility to cater to other customers.

Suppliers of proprietary equipment needed to carry through with this process design have significant
bargaining power that must be accounted for in making our final economic decision. Proprietary
equipment such as the PRISM separation unit that must be purchased from outside vendors incurs a

significant cost due to their necessity in our systems.

3. Bargaining Power of Consumers
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The main threat that players in the BTX production industry face is the possibility of backward
integration by consumers which would cut demand from producers like our company. Just as Coca-
Cola recently invested in renewable para-xylene for their bottles, other customers may be more
inclined to backwards integrate if the price of their supplies reaches a critical threshold. Many of the
products that are derived from BTX incorporate a large portion of their overall costs from the price of
BTX and so customers will be very price sensitive. Our BTX is undifferentiated from that of other
companies, which causes a threat to us in terms of switching to a competitor. However, since we are

treating ourselves as our own customer for BTX, these concerns are alleviated.

4. Threat of New Entrants

As the price of crude oil continues to decrease, there will continue to be an increasing economic
interest in creating a method of producing BTX from alternative sources. In 2011, the Coca-Cola
Company has invested in Geno, Virent, and Avantium partnerships in an aim to produce para-xylene
for its bottles in a completely renewable fashion. This investment represents the kind of vertical
integration that is very threatening for competitive players in this industry especially considering the

increasing price of all BTX products.

In addition, barriers to entry into the industry are high, and are expected to remain that way. This
industry faces a number of barriers to entry, a major one being the level of capital required. The costs
to construct a plant can range anywhere from a couple hundred million to billions of dollars. For
example, Dow Chemical Co. is in the works of securing permits to construct a $1.7 billion plant in
Freeport, TX. Aside from the costs of building a plant, regulatory costs are high as well. Because the
industry deals with chemical waste and emissions, companies are subject to rules set by the
Environmental Protection Agency. Moreover, given the heavy reliance on various feedstocks, such as
natural gas liquids and petroleum, the ability to access a steady supply of competitively priced raw
materials is essential. Many of the established players are part of integrated oil companies that operate
in integrated oil refining and petrochemical complexes, a position that gives them a significant
competitive edge over potential stand-alone newcomers. Significant competition also comes from
imported products. Infrastructure in oil rich nations, such as Saudi Arabia, continues to satisfy a large

portion of domestic demand.
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5. Threat of Substitute Products

The use of BTX in the products outlined in the Market Analysis section largely does not face a threat
by substitute products. Benzene in particular cannot easily be replaced in industrial processes because
it is the simplest six membered aromatic substance and many chemical processes rely on it to form
product. The demand for Toluene is more price-sensitive because its use as a solvent can be replaced
with other products. Para-xylene yields the most threat of substitute products because its use in hard
plastic containers (PET) is threatened by a push to produce more renewable hard plastics. It should be
considered, however, that with the overall trend toward higher prices for BTX that there will be an
economic incentive to find substitutes and so there will be an increased effort in this area.
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Preliminary Process Synthesis

Location of Plant

The two major concerns when determining the location of the plant were availability of ethane
feedstock and cost of transporting the final BTX product. Our company is both a producer and a
consumer of BTX, with customers in the Gulf Coast, Rotterdam, and Shanghai. The final decision to
place the plant on the Gulf Coast was made due to both the ease of access to fractional-grade ethane from
the numerous fracking operations in the area and to the proximity of BTX consumers. The cost of
shipping liquid BTX is far lower than that of shipping ethane gas; therefore, the product can also be
shipped to customers farther afield more economically. Additionally, the Gulf Coast has conveniently
located pipelines for some of the reagents used for the catalyst regeneration process (i.e. nitrogen gas,
oxygen gas, hydrogen gas).

Reactor Model

An initial choice between fixed or fluidized bed models was made by referring to US Patent
209,795°% which described the catalyst used in this process. In their experiments, the authors used a fixed
bed packed with extrudate pellets; this and the high price of designing and scaling up a fluidized bed
reactor motivated the choice of a fixed bed.

Due to the high temperature and endothermic nature of the reaction, a series of packed bed
reactors would not be an efficient model, as seven reactors would be required to limit the temperature
drop in each to less than 100°F. Therefore, the steam reformer model was selected, in which the feed is
passed through tubes packed with catalyst, with direct heating on the outside of the tubes to maintain the

necessary heat.

Catalyst Choice

The problem statement recommended two catalysts developed in US Patent 324,778, each
composed of a zeolite with platinum deposited on its surface, one with germanium incorporated into the
zeolite structure and the other with titanium. The titanium catalyst had a higher overall conversion of
about 80%, but a lower selectivity to BTX of about 40%. The germanium catalyst, on the other hand, had
an overall conversion of about 40% but selectivity to BTX of about 52%. The patent gave conversions
and selectivities for the conversion of propane to BTX, but these values were assumed to be the same for
ethane to BTX. However, another patent, US Patent 209,795°, was found, with a germanium catalyst
specifically for the conversion of an ethane feedstock to BTX. This patent provided a more detailed

breakdown of product selectivities and had a higher overall conversion (46.6%) and selectivity for
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aromatics (67.68%). The higher selectivity for BTX and the more knowledge available made the
germanium catalyst a more attractive choice for this process.

US Patent 209,795° gave selectivity and conversion information of many catalysts. The tables
found in the patent have been reproduced below. Table 3 shows catalysts A through I, which have varying
levels of platinum and tin. Table 4 shows catalysts J through N, which have varying levels of platinum
and germanium. Catalyst L was chosen as it offered the best combination of high conversion, high
selectivity of BTX and low selectivity of inert byproducts like methane and C9+ hydrocarbons. Note that
the conversion to C4 and C5 hydrocarbons was so low that it was assumed to be negligible. A catalyst
with germanium present also benefitted the project as US Patent 324,778* could be used to provide
conversion and selectivity data for any recycled propane to the reactor.
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Table 3. US Patent 290,795 Selectivity and Conversion Data of Catalysts A through I, which all have different levels

of platinum and tin.

Catalyst A B C D E F G H [

Analyzed Pt Level, % wt. | 0.006 | 0.011 | 0.025 | 0.0437 | 0.04 0.1 | 0.103 | 0.123 | 0.233
Analyzed Sn Level, % wt. | 0.005 | 0.01 | 0.012 | 0.0395 | 0.093 | 0.076 | 0.0601 | 0.11 | 0.217
Ethane Conversion, % 444 | 44,72 | 48.02 | 50.39 | 45.42 | 55.44 | 61.62 | 55.73 | 56.6

Selectivities % (C basis)

Methane 15.68 | 18.84 | 24.22 | 24.62 | 21.1|30.16 | 38.39 | 29.85 | 29.67
Ethylene 13.86 | 14.18 | 12.6 | 11.17| 9.84 | 10.37 8.88 | 9.46 9.3
Propylene 223 | 213| 163 1.36 | 1.27 1.1 0.85| 0.97| 0.86
Propane 1.67 | 1.69 1.4 123 | 156| 0.91 064 | 084 | 0.76
C4 Hydrocarbons 046 | 043| 0.33 028 | 0.28| 0.24 018 | 0.21| 0.19
C5 Hydrocarbons 0.04 | 0.04| 0.01 0| 0.01 0 0.01| 0.01| 0.04
Benzene 35.19 | 37.18 | 36.61 | 34.32 | 36.54 | 31.67 | 30.39 | 31.59 | 31.69
Toluene 18.48 | 19.28 | 18.27 | 18.05| 19.17 | 16.34 | 14.85 | 16.53 | 15.94
C8 Aromatics 3.73 | 3.83| 3.27 3.7 | 3.82 2.9 2.57 3.3 3
C9+ Aromatics 8.68 24| 1.65 524 | 641 | 6.31 3.24 | 7.24 | 8.56
Total Aromatics 66.07 | 62.69 | 59.81 | 61.31 | 65.94 | 57.22 | 51.05 | 58.66 | 59.16
Total Desired Aromatics 57.4 | 60.29 | 58.15 | 56.07 | 59.53 | 50.91 | 47.81 | 51.42 | 50.63

Table 4. US Patent 290,795 Selectivity and Conversion Data of Catalysts J through N, which all have different
levels of platinum and germanium. Note that the selected choice has been highlighted in gray.

Catalyst J K L M N

Analyzed Pt Level, %owt. | 0.046 | 0.0436 | 0.0441 | 0.0436 | 0.122
Analyzed Ge Level, % wt. | 0.0216 | 0.0442 | 0.0844 | 0.121 | 0.1235
Ethane Conversion, % 46.94 | 46.39 46.6 | 45.07 | 50.16

Selectivities % (C basis)

Methane 2265 | 18.24| 16.27 | 15.36 | 20.81
Ethylene 951 | 1197 | 12.67| 1296 | 11.33
Propylene 1.19 1.5 1.54 1.65 1.2
Propane 1.44 1.48 1.47 1.62 1.15
C4 Hydrocarbons 0.27 0.32 0.34 0.36 0.29
C5 Hydrocarbons 0.03 0 0.04 0.02 0.03
Benzene 35.52 374 | 37.28 | 36.68 | 35.43
Toluene 19.25 19.8| 19.85| 19.73| 18.35
C8 Aromatics 4.07 3.68 4.15 3.95 3.7
C9+ Aromatics 6.06 5.6 6.4 7.67 7.71
Total Aromatics 64.91| 66.48 | 67.68 | 68.03 65.2
Total Desired Aromatics 58.84 | 60.88 | 61.28 | 60.36 | 57.48
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Catalyst Regeneration

The regeneration process was modeled after that given in US Patent 154,079°, which laid out a
five-step regeneration process for catalyst similar to that used in this process. It suggested a possible sixth
step, in which the catalyst was sulfided. Sulfidation is used in regeneration processes to minimize coking,
as sulfides break down groups of platinum on the surface of the catalyst into smaller ensembles, making it
more difficult for coke to form. However, the sulfidation step was rejected due to the already lengthy
nature of the regeneration process (the estimate used in this analysis was five and a half days) and to the

potential poisoning of the catalyst.

Separation of Hydrogen and Methane

Hydrogen and methane are produced in the reactors (see Figure 7) and have a detrimental effect
on the equipment. The equipment that process hydrogen and methane had to be scaled larger to
accommodate these species. Also, the separation of these components was necessary before using
distillation columns as these species reduced the saturation temperature and increased the saturation
pressure greatly. As a result, these components had to be removed.

The PRISM unit (see Figure 8) in the process is used to separate hydrogen and methane.
However, a pressure-swing adsorption system was considered for the process as well. The PRISM system
was preferred as it was difficult to find a suitable surface that would be able to bind all the other
components of the stream. Additional costs would arise in order to refrigerate the system to temperatures
to desorb its contents. Also, a pressure-swing adsorption system would complicate the process as the

batch nature of the adsorption and desorption process will have to be managed.

Purge

The most expensive pieces of equipment in the process are the compressors (see Figure 8) valued
at $18,221,847 each; the reactors (see Figure 7) valued at $55,000,000; and the PRISM Separation Unit
(see Figure 8) valued at $17,000,000. These units are so expensive due to the large flow rates around the
process. The flows could be reduced by implementing a purge stream. Stream S-211 (see Figure 8) is the
optimal candidate to purge as it contains no BTX product. If this stream were purged and its contents
burned, more high-pressure steam could be generated and sold and the size and, as a result, the cost of
several pieces of equipment could be reduced due to the lower demand on the units (heat exchangers H-
201, H-202, and H-203, PRISM unit PR-101, turbines T-101, T-102, and T-103, reactor R-101, R-102, R-
103, compressors C-201 and C-202). On the other hand, more fractional grade ethane would have to be

obtained as some of the purged stream contains valuable reactants that could have been recycled into the
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reactor; the cost of the steam boilers would have to be adjusted to accommodate the larger heat duty; and
the turbines in Section 1 (see Figure 7) would produce less electricity. Unfortunately, the purge option
could not be investigated in full detail as estimates for the costs of the PRISM unit and the reactors with
the adjusted flow rates could not be obtained. However, it remains an option for potential future study if

this project is taken into further development.

Lifetime of Catalyst

As testing of this catalyst has only occurred at a lab scale and information on its lifespan was not
provided in the patent, an assumption of catalyst lifetime had to be made. Of catalytic processes
commonly used, this is most similar to naphtha reform, which uses platinum alloys supported on
alumina’. This process occurs at harsh operating conditions, with temperatures ranging from 860 to
980°F and pressures of 120 to 740 psi. Catalysts can last up to six months; therefore, a lifespan of one
month was used as a conservative assumption for the germanium-incorporated zeolites used in this

process.
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Assembly of Database

Thermodynamic and Transport Data

All transport and thermodynamic data were taken from the ASPEN Plus Program and used
directly in models. The Redlich-Kwong equation of state was the thermodynamic model used for gaseous
species and the NRTL equation of state was used for liquid species.

Pricing Data
The prices for the inputs and outputs of the process were compiled from various sources.

Feed Materials

Table 5: Mass flow rate and price for feed materials.>*®

Material Name Mass Flow Rate (Ib/year) Price ($/1b)

Fractional Grade Ethane 1.47E+09 0.067

Chlorine 1.07E+07 0.68

Oxygen 4.12E+07 0.09

Hydrogen 6.78E+06 0.64

Nitrogen 3.39E+08 0.18

Products

Table 6: Mass flow rate, density and price for products of the process.****

Product Name Mass Flow Rate | Density (Ib/gal) Price ($/gal) Price ($/1000 Ib)
(Ib/year)

BTX 9.04E+08 7.26 3.0 -

Gasoline Blend 9.26E+07 7.31 3.0 -

High Pressure 8.06E+09 - - 8.0

Steam (450 psig)
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Catalyst

Table 7: Mass required per year and the price of the catalyst components. Note that this mass assumes that catalyst

has to be purchased every month.***®

Assembly of Database

Catalyst Component Mass Required (Ib/year) Price ($/1b)
Germanium 59840 862

Platinum 31210 18240

Zeolite 5.66E+07 5.67

Alumina 1.42E+07 0.159

Utilities

Table 8: Amount of each utility used and the corresponding price.™

Utility Amount Required (Unit/year) | Price ($/Unit)
Cooling Water 3.20E+101b 0.0120/1000 Ib
Process Water 8.06E+09 Ib 0.0962/1000 Ib
Electricity 2.59E+08 kWh 0.07/kWh

Safety and MSDS

The Material Safety Data Sheets for the chemicals used in this process are provided in Appendix A-4:

Thermophysical Data & Material Safety Data Sheets for reference.

21




Process Flowsheet and Material Balances

Process Flowsheet and Material Balances
For the ease of reading, the following process is divided into four connected sections. An

overview has been provided in Figure 6. A description of the process may be found under the Process
Description Section. The process flow diagram will be presented on the left and mass flow of each

material, temperature, pressure, vapor/liquid fraction, and enthalpy is shown on the following pages.

TS-llO

Section 1:
= | Aromatization of Light 5-108 Section 2: >
5-101 Hydrocarbons and 718 Separation of Hydrogen |5-215
*s109 | Regeneration of and Light Hydrocarbons 5_21'6
Catalyst 5$-220
5-210
5-305 S35 $-221/5-407
5-320
5-408
Section 3: 5308
Separation of BTX Section 4: E;
Products and Heavier Steam Generation
Hydrocarbons 5-411
5-409

S-319 7 7
JS-401 J S-410

Figure 6. Overview of the interactions among the four different sections of the process.
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Figure 7. Section 1: Aromatization of Light Hydrocarbons and Regeneration of Catalyst
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Process Flowsheet and Material Balances

Table 9. Stream Report of Streams S-101 to S-110 showing the mass flow of each material, the temperature, pressure, vapor/liquid fraction and enthalpy.

Mass Flow (Ib/hr)

Species S-101 S-102 S-103 S-104 S-105 S-106 S-107 S-108 S-109 S-110
Hydrogen 0 0 2758 | Trace 2758 2758 18388 18388 0 0
Methane 989 989 115104 2717 118810 118810 162584 162584 0 0
Ethane 179794 179794 202499 7038 389331 389331 209537 209537 0 0
Ethylene 0 0 21482 608 22090 22090 22090 22090 0 0
Propane 5436 5436 8316 711 14463 14463 9027 9027 0 0
Propylene 0 0 2630 143 2774 2774 2774 2774 0 0
Benzene 0 0 9641 8373 18014 18014 88283 88283 0 0
Toluene 0 0 397 835 1232 1232 35905 35905 0 0
P-Xylene 0 0 3.73 23.7 27.5 27.5 9178 9178 0 0
1,3,5-Trimethyl

Benzene 0 0 | Trace Trace Trace Trace 11739 11739 0 0
Water 0 0 0 0 0 0 0 0 0 42201
Oxygen 0 0 0 0 0 0 0 0 63797 10633
Nitrogen 0 0 0 0 0 0 0 0 210109 210109
Carbon Dioxide 0 0 0 0 0 0 0 0 0 21573
Total Flow (Ib/hr) 186219 186219 362832 20449 569500 569500 569504 569504 273906 284516
Total Flow (cuft/hr) 114604 490675 | 1371780 67664 | 1960370 | 9149310 | 13895200 | 6551820 | 3768190 | 14251200
Temperature (°F) 80.0 -37 -27 165 -17 1148 1166 103 77.0 1346
Pressure (psia) 265 53.7 53.7 53.7 53.7 43.7 36.4 26.4 14.5 14.5
Vapor Frac 1.00 1.00 0.99 0.99 0.99 1.00 1.00 0.99 1.00 1.00
Liquid Frac 0.00 0.00 0.01 0.01 0.01 0.00 0.00 0.01 0.00 0.00
Enthalpy (Btu/lb) -1.21E+3 | -1.25E+3 | -1.32E+3 | -4.65E+2 | -1.26E+3 | -4.55E+2 | -9.35E+1 | -9.03E+2 | -1.00E-1 | -7.74E+2
Enthalpy (Btu/hr) -2.26E+8 | -2.32E+8 | -4.79E+8 | -9.50E+6 | -7.20E+8 | -2.59E+8 | -5.33E+7 | -5.14E+8 | -2.74E+4 | -2.20E+8
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Table 10. Stream Report of Streams S-201 to S-210 showing the mass flow of each material, the temperature, pressure, vapor/liquid fraction and enthalpy.

Mass Flow (Ib/hr)

Species S-201 S-202 S-203 S-204 S-205 S-206 S-207 S-208 S-209 S-210
Hydrogen 18388 | Trace Trace Trace Trace Trace Trace Trace Trace Trace
Methane 161167 783 391 243 1301 1301 783 391 243 2717
Ethane 205548 2131 1135 723 3049 3049 2131 1135 723 7038
Ethylene 21752 182 95.5 60.5 270 270 182 95.5 60.5 608
Propane 8615 217 119 76.5 298 298 217 119 76.5 711
Propylene 2695 40.9 22.2 15.7 64.2 64.2 40.9 22.2 15.7 143
Benzene 20942 20551 23052 23738 11301 11301 20551 23052 23738 78642
Toluene 1654 4717 10593 18941 1257 1257 4717 10593 18941 35508
P-Xylene 35.4 300 1726 7117 31.6 31.6 300 1726 7117 9175
1,3,5-Trimethyl

Benzene 2.56 61.2 967 10708 2.45 2.45 61.2 967 10708 11739
Total Flow (Ib/hr) 440798 28984 38100 61622 17574 17574 28984 38100 61622 146280
Total Flow (cuft/hr) 210921 617 755 1191 448 8454 4019 755 1191 9756
Temperature (°F) 104 104 104 104 104 53.2 86.3 104 104 96.0
Pressure (psia) 730 300 126 55.1 730 100 100 100 100 100
Vapor Frac 0.99 0.00 0.00 0.00 0.00 0.43 0.14 0.00 0.00 0.06
Liquid Frac 0.01 1.00 1.00 1.00 1.00 0.57 0.86 1.00 1.00 0.94
Enthalpy (Btu/lb) -1.25E+3 | 5.26E+1 | 1.17E+2| 5.66E+1 | -2.04E+2 | -2.04E+2 | 5.26E+1 | 1.17E+2 | 5.68E+1 | 4.03E+1
Enthalpy (Btu/hr) -5.53E+8 | 1.53E+6 | 4.45E+6 | 3.49E+6 | -3.59E+6 | -3.59E+6 | 1.53E+6 | 4.45E+6 | 3.50E+6 | 5.89E+6
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Table 11. Stream Report of Streams S-211 to S-220 showing the mass flow of each material, the temperature, pressure, vapor/liquid fraction and enthalpy.

Mass Flow (Ib/hr)

Species S-211 S-212 S-213 S-214 S-215 S-216 S-217 S-218 S-219 S-220
Hydrogen 18388 18388 18388 18388 0 0 0 2758 15630 2746
Methane 159866 159866 159866 159866 0 0 0 115104 44762 7864
Ethane 202499 202499 202499 202499 0 0 0 202499 0 0
Ethylene 21482 21482 21482 21482 0 0 0 21482 0 0
Propane 8316 8316 8316 8316 0 0 0 8316 0 0
Propylene 2630 2630 2630 2630 0 0 0 2630 0 0
Benzene 9641 9641 9641 9641 70269 Trace 0 9641 0 0
Toluene 397 397 397 397 34673 Trace 0 397 0 0
P-Xylene 3.73 3.73 3.73 3.73 9136 14.7 0 3.73 0 0
1,3,5-Trimethyl

Benzene Trace Trace Trace Trace 40.5 11698 0 Trace 0 0
Water 0 0 0 0 0 0 22826 0 0 0
Total Flow (Ib/hr) 423224 423224 423224 423224 114118 11713 22826 362832 60392 10610
Total Flow (cuft/hr) 210472 218944 224528 256757 2192 224 3033 147963 364193 63983
Temperature (°F) 104 115 120 181 136 133 394 181 181 181
Pressure (psia) 730 720 710 700 16.0 22.0 230 690 200 200
Vapor Frac 1.00 1.00 1.00 1.00 0.00 0.00 0.05 1.00 1.00 1.00
Liquid Frac 0.00 0.00 0.00 0.00 1.00 1.00 0.95 0.00 0.00 0.00
Enthalpy (Btu/lb) -1.30E+3 | -1.29E+3 | -1.29E+3 | -1.24E+3 | 2.01E+2 | -2.03E+2 | -6.43E+3 | -1.23E+3 | -1.35E+3 | -1.35E+3
Enthalpy (Btu/hr) -5.49E+8 | -5.46E+8 | -5.44E+8 | -5.27E+8 | 2.29E+7 | -2.37E+6 | -1.A47TE+8 | -4.47TE+8 | -8.13E+7 | -1.43E+7
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Table 12. Stream Report of Streams S-221 to S-222 showing the mass flow of each material, the temperature, pressure, vapor/liquid fraction and enthalpy.

Mass Flow (Ib/hr)
Species S-221 S-222
Hydrogen 12884 0
Methane 36898 0
Benzene 0 70269
Toluene 0 34673
P-Xylene 0 9136
1,3,5-Trimethyl
Benzene 0 40.5
Total Flow (Ib/hr) 49782 114118
Total Flow (cuft/hr) 300210 2287
Temperature (°F) 181 196
Pressure (psia) 200 26.0
Vapor Frac 1.00 0.00
Liquid Frac 0.00 1.00
Enthalpy (Btu/lb) -1.35E+3 | 2.29E+2
Enthalpy (Btu/hr) -6.70E+7 | 2.62E+7
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Process Flowsheet and Material Balances

Table 13. Stream Report of Streams S-301 to S-310 showing the mass flow of each material, the temperature, pressure, vapor/liquid fraction and enthalpy.

Mass Flow (Ib/hr)

Species S-301 S-302 S-303 S-304 S-305 S-306 S-307 S-308 S-309 S-310
Hydrogen Trace Trace Trace Trace Trace Trace Trace 0 | Trace Trace
Methane 2723 2723 5.39 5.39 2717 | Trace Trace 0 | Trace Trace
Ethane 7089 7089 50.7 50.7 7038 | Trace Trace 0 | Trace Trace
Ethylene 612 612 3.61 3.61 608 | Trace Trace 0 | Trace Trace
Propane 720 720 9.08 9.08 711 | Trace Trace 0 | Trace Trace
Propylene 144 144 1.07 1.07 143 | Trace Trace 0 | Trace Trace
Benzene 10037 10037 1664 1664 8373 174298 174298 0 104030 70269
Toluene 1186 1186 351 351 835 61609 61609 0 26936 34673
P-Xylene 42.8 42.8 19.1 19.1 23.7 13244 13244 0 4094 9151
1,3,5-Trimethyl

Benzene Trace Trace Trace Trace Trace 14893 14893 0 3154 11739
Water 0 0 0 0 0 0 0 25705 0 0
Total Flow (Ib/hr) 22553 22553 2104 2104 20449 264044 264044 25705 138214 125831
Total Flow (cuft/hr) 43772 36943 43.2 43.2 45287 6005 6006 3187 3177 2883
Temperature (°F) 209 186 186 186 186 340 340 394 349 349
Pressure (psia) 93.0 83.0 83.0 93.0 83.0 102 109 230 102 102
Vapor Frac 1.00 0.90 0.00 0.00 1.00 0.00 0.00 0.05 0.00 0.00
Liquid Frac 0.00 0.10 1.00 1.00 0.00 1.00 1.00 0.95 1.00 1.00
Enthalpy (Btu/lb) -3.65E+2 | -4.07E+2 | 2.30E+2 | 2.30E+2 | -453E+2 | 3.03E+2 | 3.03E+2 | -6.43E+3 | 3.40E+2 | 2.72E+2
Enthalpy (Btu/hr) -8.23E+6 | -9.18E+6 | 4.83E+5| 4.83E+5 | -9.27E+6 | 7.99E+7 | 7.99E+7 | -1.65E+8 | 4.70E+7 | 3.42E+7
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Table 14. Stream Report of Streams S-311 to S-320 showing the mass flow of each material, the temperature, pressure, vapor/liquid fraction and enthalpy.

Mass Flow (Ib/hr)

Species S-311 S-312 S-313 S-314 S-315 S-316 S-317 S-318 S-319 S-320
Benzene 115357 115357 70269 70269 70269 | Trace Trace Trace 0 | Trace
Toluene 56920 56920 34673 34673 34673 | Trace Trace Trace 0 | Trace
P-Xylene 14998 14998 9136 9136 9136 404 404 389 0 14.7
1,3,5-Trimethyl

Benzene 66.5 66.5 40.5 40.5 40.5 194050 194050 182351 0 11698
Total Flow (Ib/hr) 187342 187342 114118 114118 114118 194453 194453 182741 31936 11713
Total Flow (cuft/hr) 620515 3755 2287 2287 2287 4449 4449 406501 4501 268
Temperature (°F) 241 196 196 197 196 387 387 387 394 387
Pressure (psia) 26.0 16.0 16.0 45.0 16.0 31.9 41.9 32.0 230 32.0
Vapor Frac 1.00 0.00 0.00 0.00 0.00 0.00 0.00 1.00 0.06 0.00
Liquid Frac 0.00 1.00 1.00 1.00 1.00 1.00 1.00 0.00 0.94 1.00
Enthalpy (Btu/lb) 4.06E+2 | 2.29E+2 | 2.29E+2 | 2.29E+2 | 2.29E+2 | -7.64E+1 | -7.64E+1 | 556E+1 | -6.43E+3 | -7.63E+1
Enthalpy (Btu/hr) 7.60E+7 | 4.30E+7 | 2.62E+7 | 2.62E+7 | 2.62E+7 | -1.49E+7 | -1.49E+7 | 1.02E+7 | -2.05E+8 | -8.94E+5
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Process Flowsheet and Material Balances

Table 15. Stream Report of Streams S-401 to S-410 showing the mass flow of each material, the temperature, pressure, vapour/liquid fraction and enthalpy.

Mass Flow (Ib/hr)

Species S-401 S-402 S-403 S-404 S-405 S-406 S-407 S-408 S-409 S-410
Water 1015890 | 1015890 | 1096360 | 1096360 | 1015890 80467 22826 25705 31936 0
Oxygen 0 0 0 0 0 0 0 0 0 299340
Nitrogen 0 0 0 0 0 0 0 0 0 985838
Total Flow (Ib/hr) 1015890 | 1015890 | 1096360 | 1096360 | 1015890 80467 22826 25705 31936 | 1285180
Total Flow (cuft/hr) 16372 16374 17955 | 1165440 | 1079910 85537 43974 49520 61524 | 17680500
Temperature (°F) 77.0 77.2 106 465 465 465 398 398 398 77.0
Pressure (psia) 145 230 230 465 465 465 240 240 240 14.5
Vapor Frac 0.00 0.00 0.00 1.00 1.00 1.00 0.97 0.97 0.97 1.00
Liquid Frac 1.00 1.00 1.00 0.00 0.00 0.00 0.03 0.03 0.03 0.00
Enthalpy (Btu/lb) -6.82E+3 | -6.82E+3 | -6.79E+3 | -5.62E+3 | -5.62E+3 | -5.62E+3 | -5.67E+3 | -5.67E+3 | -5.67E+3 | -1.00E-1
Enthalpy (Btu/hr) -6.93E+9 | -6.93E+9 | -7.45E+9 | -6.17E+9 | -5.71E+9 | -4.52E+8 | -1.29E+8 | -1.46E+8 | -1.81E+8 | -1.29E+5
Table 16. Stream Report of Stream S-411 showing the mass flow of each material, the temperature, pressure, vapour/liquid fraction and enthalpy.

Mass Flow (Ib/hr)
Species S-411
Water 198009
Oxygen 49890
Nitrogen 985838
Carbon Dioxide 101223
Total Flow (Ib/hr) 1334960
Total Flow (cuft/hr) 38194900
Temperature (°F) 572
Pressure (psia) 145
Vapor Frac 1.00
Liquid Frac 0.00
Enthalpy (Btu/lb) -1.01E+3
Enthalpy (Btu/hr) -1.35E+9

34




Process Description

Process Description

Section 1 - Aromatization of Light Hydrocarbons and Regeneration of Catalyst
Light hydrocarbons, such as ethane, ethylene, propane and propylene, in this section are reacted

to form benzene, toluene and xylene.

Pretreatment

Firstly, stream S-101, which contains fractional-grade ethane with a mole composition of 1%
methane, 97% ethane and 2% propane®®, enters the process through available pipelines along the Gulf
Coast at a temperature of 88°F and a pressure of 265 psia. This feed stream will mix with S-218, the
retentate of the PRISM system from Section 2, and S-305, the distillate of the Distillation Column COL-
301 from Section 3. These streams contain mostly C2 and C3. The streams must be expanded to a suitable
pressure to undergo aromatization. Each stream passes through a turbine that will reduce its pressure to 54
psia and produce some electricity. The streams mix and then are fed to the pretreatment section of the
reactor, a heat exchanger that transfers heat between the inlet of the reactor and the outlet, H-101. The
stream is preheated from -17°F to 1148°F.

Aromatization

The preheated stream, S-106, then enters the furnace where it is heated to 1170°F and then passes
into one of the three reactors, R-101, R-102, and R-103. These reactors are steam-reforming type reactors,
provided by the Jacobs Engineering Group, in which tubes packed with catalysts are enclosed in a
furnace, are maintained at a temperature of 1170°F by using fired heaters on the outsides of the tubes.
This temperature is maintained by continuously burning hydrogen and methane recovered from the
permeate of the PRISM separation unit in Section 2 with 20% excess air. The feed entered the reactor at a
pressure of 43.7 psia and left at a pressure of 36.4 psia; these pressures were selected to permit flow
through the packed tubes. It was assumed in this analysis that the conversions and selectivities given in
the patents would remain the same at these higher pressures. The reactor effluent, S-107 contains a wide
array of products, including methane, C2 and C3 alkanes and alkenes, benzene, toluene, xylene, and
heavier hydrocarbons.

The selectivity and conversion of ethane was provided by US Patent 209,795 and the selectivity
was assumed to be the same as ethane. However, since the conversion of ethane to ethylene was the rate-
limiting step, it was assumed that all the ethylene entering the reactor would be consumed. The specific
catalyst chosen and the corresponding conversion and selectivity are shown under the ‘Catalyst Choice’

subsection under Preliminary Process Synthesis. The selectivity and conversion of propane and propylene
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were taken from US Patent 324,778%. This patent did not give a specific breakdown for the selectivity of

benzene, toluene and xylene so a split of 35% benzene, 45% toluene, and 20% xylene was used.®

Posttreatment

The reactor effluent will move to Section 200 to separate the light components but its temperature
must be reduced in order to prevent damage to the multistage compressors, C-201 and C-202. The stream
entering the multistage compressors must be less than 110°F. The reactor effluent, S-107, passes through
the tube side of the shell and tube heat exchanger, H-101, where it is cooled to a safe temperature of
103°F.

Regeneration of Catalyst

Coke builds up on the catalyst through its operation. This coke reduces the conversion of the
reactant and the catalyst must be regenerated to maintain continuous and consistent production of BTX.

The procedure to regenerate the platinum-germanium zeolite catalyst has been provided in Patent
US20080154079 A1.° There are five stages to the regeneration process. The first stage and second stage
remove coke and sulfur from the catalyst via oxidation. The third stage redisperses platinum on the
surface of the catalyst by using chlorine gas. The fourth stage removes chlorine and binds platinum to the
surface of the zeolite by steaming. The fifth stage reduces the catalyst in hydrogen. Chlorine, water vapor,
oxygen, hydrogen and the nitrogen are fed in different ratios to accomplish each step. The conditions of
the reactor and the feed are shown in Table 17. Valves V-108, V-109, V-111, and V-113, control the
guantity of reagent fed to the reactor that requires catalyst regeneration. Chlorine is stored on-site in
pressure vessel, PV-101; water is vaporized in the column after being pumped by pump P-101; and all
other gases are supplied by local pipelines.

Table 17. Time duration, temperature and mass flow rate of each reagent used in each stage of the regeneration
process.

Stage | Time Duration (hr) | Temp (°F) | Mass Flow (Ib/hr)
Chlorine | Water Vapor | Oxygen | Hydrogen | Nitrogen
1 24 1022 797 1613 3594 0 69300
2 24 1022 335 678 3594 0 27300
3 48 1022 3140 1610 8570 0 64000
4 12 1022 0 1610 8570 0 65300
5 24 1022 0 0 0 4710 9370
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One regeneration cycle takes five and a half days to complete and so a Gantt chart was created to
determine the minimum number of reactors necessary for continuous operation. The Gantt chart is shown
in Figure 11. From this chart, it was determined that three reactors would be necessary for continuous

operation.
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Figure 11. Gantt chart for the regeneration process. ‘Reaction’ represents the period in which the reactor is in

operation. “First”, “Second”, “Third”, “Fourth”, and “Fifth” represent the different stages of the regeneration
20

process.

Section 2 - Separation of Hydrogen and Light Hydrocarbons

This section separates the reaction products from Section 1 in stream S-108 into stream S-219,
comprised of hydrogen and methane, that will be used to satisfy heating requirements around the plant;
stream S-218, which is mainly C2 and C3 hydrocarbons that will be recycled to the reactor; and stream S-
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210, which has a mix of all components except hydrogen and methane that will require further separation

in Section 3.

Compression

In order to utilize the PRISM Separation system, PR-201, the feed must be at a pressure of 700
psia. Stream S-108 first enters two parallel multistage compressors, C-201 and C-202. Each compressor is
comprised of four stages. Each compression stage’s output pressure is 2.47 times the input pressure.
Between each stage, the contents are cooled to 104 °F using cooling water. As a result, each stage
becomes saturated and liquid is recovered as streams S-202, S-203 and S-204. The output stream, S-201,
is also saturated and so must be fed to a flash vessel, COL-201, to separate the liquid phase from the
vapor phase. The liquid streams leaving the multistage compressors and the liquid stream leaving the
flash vessel (S-202, S-203, S-204 and S-205) will be fed to a distillation column that is operating at a
pressure of 100 psia. Before mixing, all the streams must be at the same pressure. Stream S-204 is lower
than the required pressure so it is fed through a pump, P-201. On the other hand, the other streams are
higher than the required pressure so they are fed through valves to expand the stream to the desired

pressure. The streams are then mixed to form Stream S-210 and sent to stage 3.

Pretreatment

Before feeding the light stream S-211, to the PRISM Unit PR-201, the temperature must be
increased to 181°F. This was accomplished through a network of heat exchangers. The vapor stream of
COL-201, stream S-211, is fed into the shell side of the heat exchanger H-201. The hot stream entering
H-201, Stream S-315, is the distillate of the distillation column, COL-302. The hot stream cools to 136°F
and is sent to the three one-day storage tanks, ST-201, ST-202 and ST-203. The cold stream, S-212, exits
at 115°F and goes into the next heat exchanger, H-202. This heat exchanger uses the bottoms product of
the distillation column, COL-302, in the tube side at a temperature of 384°F. The hot stream exits at 133°F
and is then fed to three one-day storage tanks, ST-204, ST-205, and ST-206. The vapor stream exits the
shell side of H-202 at 120°F to be fed into the final shell and tube heat exchanger, H-203. This heat
exchanger heats the gas to 181°F by using steam generated by the steam boilers, F-401 through F-407.
The steam condenses and leaves in Stream S-217 where the water is recycled to the steam boiler. The
light hydrocarbon stream, S-214, is now at a temperature of 181°F and a pressure of 700 psia, which are
suitable conditions for the PRISM system, PR-201.

PRISM Unit
The PRISM Unit is responsible for separating hydrogen from the vapor stream. It accomplishes this using

membrane technology. At the conditions of Stream S-214, the permeate of the PRISM system, S-219, will
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recover 85% of the hydrogen in Stream S-214 and will have a purity of 72% hydrogen with the balance
being methane. The hydrogen recovered is at a pressure of 200 psia. The permeate is split by the valve V-

206 and the gas is sent to each furnace to provide the required heat to operate the unit.

Section 3 - Separation of BTX Product and Heavier Hydrocarbons

The primary purpose of this section is to separate the liquid feed, S-210, into light components
that will be recycled to the reactor; the BTX product; and heavier hydrocarbons that will be sold as a
gasoline blend.

COL-301 is a 65 stage separation column that treats propane as the light key and benzene as the
heavy key. First the stream S-210 enters COL-301 above stage 22. Each stage was assumed to have a
Murphree tray efficiency of 65%. The vapor stream, S-301 exits the column at a temperature of 209°F and
a pressure of 93 psia. It then passes through a partial condenser COND-301 that uses cooling water to
condense the stream. The saturated mixture then enters a reflux accumulator, RA-301. The mass reflux
ratio is set to 0.103 and the mass distillate to feed ratio is set to 0.140. The distillate leaves the reflux
accumulator as stream S-305 to be recycled to the reactors while the liquid is pumped by pump P-301
back into the column. Liquid leaves the bottom of the column at a temperature of 340°F and a pressure of
102 psia as stream S-306. The liquid is pumped by pump P-302 and is fed to a kettle reboiler, RB-301.
The boil-up ratio of the reboiler is 1.08 and the bottoms to feed ratio is 0.858. The contents of the partial
reboiler are vaporized by steam obtained from S-408. The steam condenses and returns to the steam
boilers, F-401 through F-407, in Stream S-308. The vapor stream S-309 is recycled back to the column
and the liquid is taken from S-310.

The bottoms product of the first column then enters the second distillation column, COL-302.
This column has 42 stages and it accepts the feed above tray 23. This distillation column was had a
Murphree tray efficiency of 65%. Stream S-311, the vapor recovered from the top of the column, is at a
temperature of 241°F and a pressure of 26 psia. Stream S-311 passes through a total condenser where it is
cooled to a temperature of 200°F and the liquid is fed to a reflux accumulator, RA-302. The mass reflux
ratio of the condenser is 0.642 and the distillate to feed ratio is set to 0.907. The distillate is recovered as
S-315 and is sent to the heat exchanger S-202 and the reflux is pumped by pump P-303 and returned to
the column. The liquid from the bottom of the column leaves as a temperature of 387°F and a pressure of
32 psia. The liquid is pumped by P-304 to a reboiler, RB-302. Steam from the steam boilers, F-401
through F-407, satisfies the heat requirements of the reboiler. After it condenses, it returns to the steam
boilers to be evaporated again. The reboiler operates at a mass boil up ratio of 15.9 and a bottoms to feed
ratio of 0.093. The vapor returns to the column as stream S-318 and the gasoline-blend product goes to

heat exchanger H-202 to be cooled.
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Section 4 - Steam Generation

This section of the process satisfies all the heating requirements of the plant aside from those of
the reactor. Water at ambient conditions is pumped to the pressure of the recycled stream using pump P-
401. Steam from heat exchanger H-203 and reboilers RB-301 and RB-302 is mixed with the liquid water
and fed to seven steam boilers, F-401 through F-407. The furnaces are heated by combusting hydrogen
and methane from the permeate of the PRISM unit, PR-201. The hydrogen and methane are combusted
with 20% excess oxygen and the combustion products leave the boilers at a temperature of 572°F. The
heat generated produces high pressure steam, S-404. However, not all the steam is needed to satisfy the
plant’s utility requirements. Steam S-405 represents steam that is sold. The temperature of the steam is
too high for the plant’s needs and so it is passed through a turbine, T-401 to adjust the pressure and
temperature to more suitable conditions of 398°F and 240 psia. Some electrical energy is recovered in the

process that is used to drive the compressors, C-201 and C-202.
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Energy Balance and Utility Requirements

The proposed utility requirements have been designed to use all recovered heat and electricity to

reduce the total utility cost. Leftover requirements were fulfilled with either cooling water or steam.

Steam Integration

Stream S-401 is cooling water pressurized with P-401/P-402 and mixed with leftover steam from
heat exchanger H-203, and reboilers RB-301 and RB-302. The mixed stream, S-403, is in the liquid phase
with a temperature of 106°F and 230 psia. The fuel for the fired heaters is a mixture of S-221, containing
methane and hydrogen, and S-410, containing oxygen and nitrogen for the combustion of S-221°s gases.
The heat produced from F-401 through F-407 is 1,280 MMBtu/hr and will be used to transfer heat to S-
403 to produce steam. The outlet steam in S-404 is split at VV-405 to sell approximately 1,015,660 Ib/hr of
the steam at 464°F and 465 psia. The leftover steam, containing 452 MMBtu/hr, is sent through turbine T-
401 to generate electricity and then split again to fulfill utility requirements to RB-301, RB-302, and H-
203.

Reactor Duty

The heat recovery section of the reactor, represented by heat exchanger H-101 and fired heater F-
101, meets the utility requirements of reactors R-101, R-102, and R-103. H-101 will transfer 461
MMBtu/hr of heat to inlet stream S-105, allowing it to reach a temperature of 1148°F. F-101 will allow S-
106 to reach the operating temperature of 1350°F and keep the reactors at an isothermal temperature of
1350°F. The heat duty required by F-101 is 205.9 MMBtu/hr.

Cooling Water

The process uses cooling water as the only external cooling source. Cooling water is used in
condensers COND-301 and COND-302 to condense the vapors from the top of the columns. It is also
used in the multistage condensers to cool the pressurized gas to 104°F so that the heavier components
may be separated as a liquid. Table 18 summarizes the amount of energy removed from the hot stream by

the cooling water.
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Table 18. Energy requirements for condensers and compressors.

Equipment Source Energy Requirement (Btu/hr)
COND-301 Cooling Water 548155
COND-302 Cooling Water 33077700

C-201, C-202 (Combined) Cooling Water 181261000

Electricity

This process uses several pieces of equipment that consume and generate electricity. Pumps and

compressors are required throughout the plant to account for the pressure drop along pipes and through

equipment. To mitigate the electricity costs for these units, turbines are installed when a vapor could be

expanded. Table 19 shows a summary of the electricity required and supplied by each unit.

Table 19. Electricity requirement for pumps, turbines, and compressors. Note that a negative electricity requirement

indicates that electricity is being generated.

Equipment [ Number of Electricity Requirement per unit | Total Electricity Requirement
Units (hp) (hp)
C-201 2 29985 59970
C-202
P-101 1 0.0237 0.0237
P-201 1 4.86 4.86
P-202 1 2.08 2.08
P-301 1 0.0393 0.0393
P-302 1 4.85 4.85
P-303 1 6.03 6.03
P-304 1 4.04 4.04
P-401 1 321 321
T-101 3 -4090 -12270
T-102
T-103
T-104 1 -2564 -2564
T-105 1 -93.5 -93.5
T-401 1 -1470 -1470
Net Requirement 43915
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Heat Exchanger Network

This process consumes a tremendous amount of energy. A heat exchanger network was drawn to
determine streams that could transfer energy in order to economically minimize external heating and
cooling utilities. Figure 12 shows the process’ heat exchanger network. Tables 19 through 30 show the
design specifications of the heat exchangers and temperatures of the streams interacting with the entering
and leaving the heat exchangers. Appropriate overall heat transfer coefficients, U, were obtained from
Product and Process Design Principles™.
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Tables 19-30. Heat Exchanger Network Tables.

Energy Balance and Utility Requirements

Unit H-101
Stream | Temperature (°F) | U (Btu/hr-ft*>-°F) | Heat duty (MMBTU/hr)
Hotin | S-107 1170 149.7 461.3
Hot out | S-108 103
Coldin | S-105 -17 Area (ft) LMTD (°F)
Cold out | S-106 1148 53340 57.8
Unit C-101 Stage 1
Stream | Temperature (°F) | U (Btu/hr-ft*-°F) | Heat duty (MMBTU/hr)
Hotin | S-108 218 149.7 446.3
Hot out | S-108 104
Coldin | CW 20 Area (ft°) LMTD (°F)
Coldout | CW 120 7166 43.2
Unit C-101 Stage 2
Stream | Temperature (°F) | U (Btu/hr-ft*>-°F) | Heat duty (MMBTU/hr)
Hotin | S-108 238 149.7 46.32
Hot out | S-108 104
Coldin | CW 20 Area (ft°) LMTD (°F)
Coldout | CW 120 6342 48.8
Unit C-101 Stage 3
Stream | Temperature (°F) | U (Btu/hr-ft*-°F) | Heat duty (MMBTU/hr)
Hotin | S-108 242 149.7 44,78
Hot out | S-108 104
Coldin | CW 20 Area (ft°) LMTD (°F)
Coldout | CW 120 5996 49.9
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Unit C-101 Stage 4
Stream | Temperature (°F) | U (Btu/hr-ft*>-°F) | Heat duty (MMBTU/hr)
Hotin | S-108 246 149.7 44.07
Hot out | S-108 140
Coldin | CW 20 Area (ft) LMTD (°F)
Coldout | CW 120 3580 82.2
Unit H-201
Stream | Temperature (°F) | U (Btu/hr-ft*-°F) | Heat duty (MMBTU/hr)
Hot in S-222 196 149.7 3.492
Hotout | S-215 136
Coldin | S-211 104 Area (ft)) LMTD (°F)
Cold out | S-212 115 433.6 53.9
Unit H-202
Stream | Temperature (°F) | U (Btu/hr-ft*>-°F) | Heat duty (MMBTU/hr)
Hotin | S-320 384 149.7 1.453
Hotout | S-216 133
Coldin | S-212 115 Area (ft) LMTD (°F)
Cold out | S-213 120 133.0 73.0
Unit H-203
Stream | Temperature (°F) | U (Btu/hr-ft*-°F) | Heat duty (MMBTU/hr)
Hotin | S-407 398 149.7 17.14
Hotout | S-217 384
Coldin | S-213 120 Area (ft) LMTD (°F)
Cold out | S-214 181 478.5 239
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Unit RB-301
Stream | Temperature (°F) | U (Btu/hr-ft*>-°F) | Heat duty (MMBTU/hr)
Hotin | S-408 398 149.7 19.51
Hot out | S-308 394
Coldin | S-307 340 Area (ft) LMTD (°F)
Cold out | S-309 349 2371 55.0
Unit RB-302
Stream | Temperature (°F) | U (Btu/hr-ft*-°F) | Heat duty (MMBTU/hr)
Hotin | S-409 398 149.7 24.69
Hot out | S-319 394
Coldin | S-317 387 Area (ft°) LMTD (°F)
Cold out | S-318 387 13260 124
Unit COND-301
Stream | Temperature (°F) | U (Btu/hr-ft*>-°F) | Heat duty (MMBTU/hr)
Hotin | S-301 209 149.7 0.507
Hot out | S-302 186
Coldin | CW 20 Area (ft°) LMTD (°F)
Coldout | CW 120 150 98.9
Unit COND-302
Stream | Temperature (°F) | U (Btu/hr-ft*-°F) | Heat duty (MMBTU/hr)
Hotin | S-311 241 149.7 33.19
Hot out | S-312 196
Coldin | CW 20 Area (ft°) LMTD (°F)
Coldout | CW 120 1867 119
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Equipment List and Unit Descriptions

Compressors

C-201 and C-202 are two cast iron/carbon-steel centrifugal compressors in parallel. These
compressors raise the pressure of stream S-108, the cooled product stream leaving the reactor, from 26
psia to 730 psia. The compressors will run at an isentropic efficiency of 80% and will each require
29,990.65 hp of electricity. The exit streams from the compressor will experience a small temperature
drop from 106°F to 104°F. The bare module costs for C-201 and C-202 are each $18,221,846.

Condensers

COND-301 is a condenser for column COL-301. COND-301 is designed as a shell-and-tube,
floating-head heat exchanger composed of carbon steel. The tube-side fluid is stream S-301, the vapor
stream exiting the top of COL-301, and it is cooled from 209°F to 186°F at an outlet pressure of 83 psia.
The shell-side fluid is cooling water that is supplied externally from the process. The tube length is 20 ft
and has a surface area of 150 ft2. The shell-side pressure is kept at 83 psig. COND-301 has an overall heat
transfer coefficient of 250 Btu/hr-ft>-°F and has a heat duty of 0.548 MMBtu/hr. The bare-module cost of
COND-301 is $57,297.

COND-302 is a condenser for column COL-302. COND-302 is designed as a shell-and-tube,
floating-head heat exchanger composed of carbon steel. The tube-side fluid is stream S-311, the vapor
stream exiting COL-302, and it is cooled from 241° F to 196° F at an outlet pressure of 16 psia. The shell-
side fluid is cooling water that is supplied externally from the process. The tube length is 20 ft and has a
surface area of 4265 ft*. The shell-side pressure is kept at 2.3 psig. COND-302 has an overall heat transfer
coefficient of 250 Btu/hr-ft>-°F and has a heat duty of 33.1 MMBtu/hr. The bare-module cost of COND-
302 is $174,664.

Distillation Columns and Flash Vessels

COL-201 is a single sieve tray, carbon steel flash vessel that separates S-201 into vapor and
liquid streams. S-201 is the stream exiting the multistage compressor. The vapor product will be sent to
the PRISM separation unit, PR-201, to separate hydrogen and methane from the C2 and C3 hydrocarbons.
The liquid product proceeds to Section 3 of the process for further separation. The column has a height of
15.5 ft, a diameter of 4.92 ft, a wall thickness of 1.93 inch, and a weight of 24,464 Ib. It operates at 715.3
psig. The bare module cost of COL-301 is $496,260.

COL-301 is a sieve tray, carbon steel distillation tower into which stream S-210 is fed. S-210

consists of the heavier streams that left the multistage compressors (C-201 and C-202) between each
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compression stage as well as the liquid stream that left the flash vessel (COL-201). The bottoms product
of COL-301 consists primarily of C6+ hydrocarbons that are sent to COL-302 for further separation. The
distillate consists of lighter hydrocarbons that are recycled back to the reactor. There are 65 carbon steel
trays, with the feed location at tray 22. The column is operated at a mass reflux ratio of 0.103. The
column has a height of 112 ft, a diameter of 2.28 ft, a wall thickness of 1.13 in, and a weight of 38,899 Ib.
It operates at 87.8 psig. The bare module cost of COL-301 is $946,960.

COL-302 is a sieve tray, carbon steel distillation tower into which the bottoms product of COL-
301 is fed in order to separate the C9+ hydrocarbons from the BTX product. The distillate product and the
bottoms product are fed through heat exchangers H-201 and H-202 respectively to reduce their
temperature to appropriate levels for storage. COL-302 contains 42 carbon steel trays, with the feed
location at tray 25. The column is operated at a mass reflux ratio of 0.642. The column has a height of 77
ft, a diameter of 9.14 ft, a wall thickness of 0.563 in, and a weight of 55,923 Ib. It operates at 18 psig. The
bare module cost of COL-302 is $1,422,607.

Fired Heaters

F-101 represents the section of the heat recovery unit that will raise the temperature of the feed to
the reactor to the appropriate reaction conditions after heat exchange with the reactor outlet occurs. The
bare module cost and utility requirements of the entire heat recovery section are included in the cost and
requirements for the reactor units R-101, R-102, and R-103.

F-401 through F-407 are steam boilers that will take S-403 and produce steam to fulfill heating
requirements for multiple units in the process. S-403 comes from V-403 and will have a pressure increase
of 230 psia to 465 psia and a temperature change of 106°F to 1350°F. The fired heater has a heat duty of
1,280 MMBtu/hr. The bare module cost of each unit is $1,526,030.

Heat Exchangers

H-101 represents the section of the heat recovery unit that will exchange heat between the feed
and the effluent streams of the reactor unit. The bare module cost and utility requirements of the entire
heat recovery section are included in the cost and requirements for the reactor units R-101, R-102, and R-
103.

H-201 is a floating-head shell-and- tube heat exchanger that will partially pre-heat stream S-211
to prepare for the PRISM separation unit, PR-201. S-211 is the vapor stream leaving the flash vessel
(COL-201). This stream is on the shell side and will be heated from 104°F to 116°F with a pressure drop
of 10 psia. The tube-side fluid is the distillate from COL-301, S-315, which is cooled from 200°F to

136°F with a pressure drop of 10 psia. The heat exchanger is composed of carbon steel for both the tube
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and shell side. The tube length of H-201 is 20 ft with a surface area of 430.9 ft% The shell-side pressure
will be kept at 705.3 psig. H-201 has an overall heat transfer coefficient of 149.7 Btu/hr-ft-°F and will
transfer 3.28 MMBtu/hr of heat. The bare-module cost of the heat exchanger is $78,762. No external
utilities will be required for H-201.

H-202 is a floating-head shell-and-tube heat exchanger that will continue to pre-heat S-211 to
reach the PRISM unit’s operating temperature. The shell-side fluid is the outlet stream, S-212, from heat
exchanger H-201 that is heated from 116° F to 121° F with a pressure drop of 10 psia. The tube-side fluid
is S-320, the bottoms product of COL-302, which is cooled from 384°F to 124°F. The heat exchanger is
composed of carbon steel for both the tube and shell side. The tube length of H-202 is 20 ft with a surface
area of 150 ft>. The shell-side pressure will be kept at 695.3 psig. H-202 has an overall heat transfer
coefficient of 149.7 Btu/hr-ft*-°F and will transfer 1.49 MMBtu/hr of heat. The bare-module cost of the
heat exchanger is $68,821. No external utilities will be required for H-202.

H-203 is a shell-and-tube heat exchanger that will raise S-213’s temperature to the temperature of
the PRISM unit. The shell-side fluid is the outlet shell-side stream from H-202, S-213, and is heated from
121°F to 181°F with a pressure drop of 10 psia. The tube-side fluid is S-407, which is a fraction of the
steam from boilers F-401 through F-407. It is condensed with a temperature drop of 398° F to 384° F and
has a pressure drop of 10 psia. The heat exchanger is composed of carbon steel for both the tube and shell
side. The tube length of H-203 is 20 ft and has a surface area of 478.6 ft2. The shell-side pressure will be
kept at 685.3 psig. H-203 has an overall heat transfer coefficient of 149.7 Btu/hr-ft2-°F and will transfer
17.3 MMBtu/hr of heat. The bare-module cost of the heat exchanger is $80,482. No external utilities will
be required for H-203.

Pressure Vessel

PV-101 is a spherical pressure vessel that stores the chlorine gas used in the regeneration process.
The vessel is modeled as a carbon steel storage tank due to its low vapor pressure, as suggested by Dr.
Richard Bockrath. The vessel stores sufficient chlorine for one regeneration cycle, or 480,839 gallons of
chlorine. The bare module cost of PV-101 is $1,270,743.

PRISM Unit

PR-201 is a commercial membrane separation system that will separate methane and hydrogen
from the lighter hydrocarbons products in stream S-214. The operating temperature and pressure of PR-
201 are 181°F and 200 psia, respectively. At these conditions, the system will recover 85% of the
hydrogen from the feed and will have a purity of 72% hydrogen, with the balance being methane. The
cost of PR-201 is $17,000,000, as suggested by Karin Fair from Air Products and Chemicals, Inc.
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Pumps

P-201 is a cast-iron centrifugal pump that will raise the pressure of stream S-204, the first stream
to leave the multistage compressors, from 55 psia to 100 psia. This pump is required as the streams
coming from the compressors (C-201 and C-202) and the flash vessel (COL-201) must be at the same
pressure when mixed to form the feed to COL-301. The pump has a volumetric flow rate of 148.5 gpm
and generates a head of 125 ft. The electricity requirement for P-201 is 4.859 hp at an efficiency of 80%.
The bare module cost of P-201 is $12,308. An additional pump with the same specifications and cost will
be purchased as a backup for the primary pump.

P-301 is a cast iron centrifugal pump that will raise the pressure of stream S-303 from 83 psia to
93 psia. This pump is required for raising the stream coming from reflux accumulator RA-301 to COL-
301’s operating pressure. The pump has a volumetric flow rate of 5.39 gpm and generates a head of 29.6
ft. The electricity requirement for P-301 is 0.0392 hp at an efficiency of 80%. The bare module cost of P-
301 is $11,053. An additional pump with the same specifications and cost will be purchased as a backup
for the primary pump.

P-302 is a cast iron centrifugal pump that will raise the pressure of stream S-306, the bottoms
product of COL-301, from 102 psia to 109 psia. This pump is required to raise S-306 to the reboiler RB-
301’s operating pressure. The pump has a volumetric flow rate of 749 gpm and generates a head of 21.9
ft. The electricity requirement for P-302 is 3.658 hp at an efficiency of 80%. The bare module cost of P-
302 is $14,602. An additional pump with the same specifications and cost will be purchased as a backup
for the primary pump.

P-303 is a cast iron centrifugal pump that will raise the pressure of stream S-313, the reflux
stream returning to COL-302 from RA-302, from 16 psia to 26 psia. This pump is required to raise S-313
to column COL-302’s operating pressure. The pump has a volumetric flow rate of 285 gpm and generates
a head of 83.7 ft. The electricity requirement for P-303 is 6.03 hp at an efficiency of 80%. The bare
module cost of P-303 is $11,692. An additional pump with the same specifications and cost will be
purchased as a backup for the primary pump.

P-304 is a cast iron centrifugal pump that will raise the pressure of stream S-316, the bottoms
product of COL-302, from 32 psia to 37 psia. This pump is responsible for raising S-316 to the reboiler
RB-302’s operating pressure. The pump has a volumetric flow rate of 555 gpm and generates a head of
32.9 ft. The electricity requirement for P-304 is 4.04 hp at an efficiency of 80%. The bare module cost of
P-304 is $14,731. An additional pump with the same specifications and cost will be purchased as a
backup for the primary pump.

P-401 is a cast iron centrifugal pump. These pumps will raise the pressure of stream S-401 from

14.5 psia to 230 psia. This pump is required to allow the streams S-217, S-308, S-317 to be at the same
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pressure when mixing occurs for fired heaters F-401 and F-402. The pump has a volumetric flow rate of
2040 gpm and generates a head of 500 ft. The electricity requirement for P-401 is 321 hp at an efficiency
of 80%. The bare module cost of P-401 is $49,893. An additional pump with the same specifications and

cost will be purchased as a backup for each primary pump.

Reactors

R-101, R-102, and R-103 compose a group of three steam reforming reactors for the conversion
of ethane to BTX, in which the feed is passed through tubes packed with catalyst. Direct fired heating is
used on the outsides of the tubes to maintain a constant reaction temperature of 1170°F. The model will
be purchased from Jacobs Engineering Group at a total installed cost of $55 million per unit, including a
heat recovery section in which the outlet stream is heat exchanged with the inlet stream. The dimensions
of a single reactor, including the heat recovery section and all civil and structural works, are a length of
95 ft, width of 59 ft, and a height of 105 ft. Three reactors are used to ensure that at least one reactor will
be operating at all times, while the other two are either regenerating or on standby. Each reactor will
operate in production mode for 5 days, regeneration mode for 5.5 days, and standby mode for 1.5 days.
Standby time is required to ensure that only one reactor is producing BTX at a time, preventing
fluctuation in flow rate at the outlet of the reactor section.

The highly endothermic reaction converts ethane to BTX as well as smaller hydrocarbons (e.g.,
methane, propane, propylene, and ethylene), trimethylbenzene, and hydrogen. The C2 and C3
hydrocarbons are recycled to produce a higher yield of BTX. The catalyst used is Pt/Ge/ZSM-5 (604,223
Ib). The inlet to the reactor, S-106, has a mass flow rate of 570,023 Ib/hr at 1166° F and 43.7 psia. The
outlet from the reactor, S-107, has a mass flow rate of 570,023 Ib/hr at 1166°F and 36.4 psia. The
adiabatic temperature drop across the reactor is 627°F and the heat duty is 103 MMBtu/hr.

Reboilers

RB-301 is a partial reboiler for column COL-301. This heat exchanger is designed as a shell-and-
tube kettle vaporizer composed of carbon steel for both sides. The tube-side fluid is stream S-408, which
is a fraction of the steam from the steam boilers F-401 through F-407. It condenses with a temperature
drop of 398°F to 394° F and an outlet pressure of 230 psia. The shell-side fluid is stream S-307, the liquid
leaving the bottom of COL-301, which will be partially vaporized at an outlet pressure of 99 psia. The
outlet is split into S-309, which is sent back to COL-301, and S-310, which is sent to H-202. The tube
length is 20 ft and has a surface area of 1420 ft*. The shell-side pressure is kept at 84.3 psig. RB-301 has
an overall heat transfer coefficient of 250 Btu/hr-ft>-°F and has a heat duty of 19.5 MMBtu/hr. The bare-
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module cost of RB-301 is $148,379. All utilities are provided internally by the system, so no external
utilities are required for RB-301.

RB-302 is a partial reboiler for column COL-302. This heat exchanger is designed as a shell-and-
tube kettle vaporizer composed of carbon steel for both sides. The tube side is stream S-409, which is a
fraction of the steam from the steam boilers F-401 through F-407. It condenses with a temperature drop
of 398°F to 394° F and an outlet pressure of 230 psia. The shell-side fluid is stream S-317, the liquid
leaving the bottom of COL-302, which will be partially vaporized at an outlet pressure of 31 psia. The
outlet is split into S-318, which is sent back to COL-302, and S-320, which is sent to H-202. The tube
length is 20 ft and has a surface area of 571.7 ft*. The shell-side pressure is kept at 16.3 psig. RB-301 has
an overall heat transfer coefficient of 250 Btu/hr-ft>-°F and has a heat duty of 1.78 MMBtu/hr. The bare-
module cost of RB-302 is $107,486. All utilities are provided internally by the system, so no external
utilities are required for RB-302.

Reflux Accumulators

RA-301 is a reflux accumulator for column COL-301. This piece of equipment is a horizontal
vessel composed of carbon steel with a diameter of 18.3 ft, a length of 36.6 ft, a wall thickness of 0.978
inch, and a weight of 118,143 Ib. The operating conditions for RA-301 are 83 psi and 195° F. The bare
module cost of RA-301 is $663,053.

RA-302 is a reflux accumulator for column COL-302. This piece of equipment is a horizontal
vessel composed of carbon steel with a diameter of 7.41 ft, a length of 14.8 ft, a wall thickness of 0.500
inch, and a weight of 9,907 lb. The operating conditions for RA-302 are 17 psi and 250 ° F. The bare
module cost of RA-302 is $133,482.

Storage Tanks

ST-201 through ST-203 are storage tanks for the BTX product. The BTX product will enter the
storage at 136°F and 17 psia. Stream S-215 is split between three tanks and the mixture contains 70,269
Ib/hr of benzene, 34,673 Ib/hr of toluene, and 9,099 Ib/hr of xylene. The storage tank has a floating roof
and is composed of carbon steel. Each tank will contain 590,366 gal of BTX product. The bare module
cost of each storage tank is $472,692.

ST-204 through ST-206 are storage tanks for the heavy hydrocarbon products. Stream S-216 goes
into each storage tank and will enter at 136°F and 17 psia. Stream S-216 contains approximately 11,661
Ib/hr of heavy hydrocarbons. The storage tank has a floating roof and is composed of carbon steel. Each

tank will contain 40,429 gal of BTX product. The bare module cost of each storage tank is $82,619.
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Turbines

T-101, T-102, and T-103 are power-recovery turbines that take the outlet stream, S-218, from the
PRISM separation unit and convert the pressure discharge to electricity, with an isentropic efficiency of
80%. The turbines cause a pressure drop of 690 psia to 54 psia and a temperature drop of 181° F to -27° F.
Each turbine produces approximately 4089.8 hp. The bare module cost of each turbine is $506,252.

T-104 is a power-recovery turbine that takes the ethane feedstock stream, S-101, and converts the
pressure discharge to electricity, with an isentropic efficiency of 80%. The turbine causes a pressure drop
of 265 psia to 54 psia and a temperature drop of 80° F to -37° F. These operating conditions produce
approximately 2563.9 hp. The bare module cost of T-104 is $346,820.

T-105 is a power-recovery turbine that takes the outlet stream, S-305, from RA-301, which is the

distillate product of COL-301. This turbine converts the pressure discharge to electricity, with an
isentropic efficiency of 80%. The turbine causes a pressure drop of 83 psia to 54 psia and a temperature
drop of 186° F to 165° F. These operating conditions produce approximately 95.9 hp. The bare module
cost of T-104 is $24,222.
T-401 is a power-recovery turbine that takes the outlet stream, S-406, from V-405, which is a portion of
the steam boilers’ product stream. This turbine converts the pressure discharge to electricity with an
isentropic efficiency of 80%. The turbine causes a pressure drop of 465 psia to 240 psia and a temperature
drop of 464° F to 398° F. These operating conditions produce approximately 1466 hp. The bare module
cost of T-401 is $220,567.
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Compressors

Specification Sheets

COMPRESSOR

Identification: C-201, C-202 (Run in parallel)

Function: Compresses the reactor outlet to 730 psia and condenses heavier species.

Operation: Continuous

Mass Flow (Ib/hr)

Feed Exit1 Exit 2 Exit 3 Exit 4
Materials Handled | S-108 S-201 S-202 S-203 S-204
Hydrogen 18388 18388 Trace Trace Trace
Methane 162584 161167 783 391 243
Ethane 209537 205548 2131 1135 723
Ethylene 22090 21752 182 95.5 60.5
Propane 9027 8615 217 119 76.5
Propylene 2774 2695 40.9 22.2 15.7
Benzene 88283 20942 20551 23052 23738
Toluene 35905 1654 4717 10593 18941
P-Xylene 9178 35.4 300 1726 7117
1,3,5-
Trimethylbenzene 11739 2.56 61.2 967 10708
Total Flow (Ib/hr) 569504 440798 28984 38100 61622

Design Data

Construction Material

Cast Iron/Carbon-Steel

Drive

Electric Motor Drive

Consumed Power (hp)

71442

Purchase Cost (for al

| units)

$32,137,296.88

Costing Information Source

Product and Process Design Principles™
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CONDENSER

Identification: COND-301

Function: Partially condenses the vapor from the top of COL-301 from 213°F to 195°F

Operation: Continuous

Mass Flow (Ib/hr)

Feed Exit

Materials Handled: S-301 S-302

Hydrogen Trace Trace
Methane 2723 2723
Ethane 7089 7089
Ethylene 612 612
Propane 720 720
Propylene 144 144
Benzene 10037 10037
Toluene 1186 1186
P-Xylene 42.8 42.8
1,3,5-Trimethylbenzene Trace Trace
Total Flow (Ib/hr) 22553 22553

Design Data

Shell/Tube Material

Carbon Steel

Tube Length (ft) 20
Surface Area (ft%) 150
Purchase Cost $57,297.17

Costing Information Source

Product and Process Design

Principles™
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CONDENSER

Identification: COND-302

Function: Condenses the vapor from the top of COL-302 from 248°F to 200°F

Operation: Continuous

Mass Flow (Ib/hr)

Feed Exit
Materials Handled: S-311 S-312
Benzene 115357 115357
Toluene 56920 56920
P-Xylene 14998 14998
1,3,5-Trimethylbenzene 66.5 66.5
Total Flow (Ib/hr) 187342 187342

Design Data

Shell/Tube Material

Carbon Steel

Tube Length (ft) 20
Surface Area (ft%) 4265
Purchase Cost $174,664.49

Costing Information Source

Product and Process Design

Principles
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Distillation Columns and Flash Vessel

FLASH VESSEL

Identification: COL-201

Function: Separates the saturated stream from the multistage compressors (C-201, C-202) into vapor and

liquid streams.

Operation: Continuous

Mass Flow (Ib/hr)

Feed Exit 1 Exit 2
Materials Handled: S-201 S-211 S-205
Hydrogen 18388 18388 Trace
Methane 161167 159866 1301
Ethane 205548 202499 3049
Ethylene 21752 21482 270
Propane 8615 8316 298
Propylene 2695 2630 64.2
Benzene 20942 9641 11301
Toluene 1654 397 1257
P-Xylene 35.4 3.73 31.6
1,3,5-Trimethylbenzene 2.56 Trace 2.45
Total Flow (Ib/hr) 440798 423224 17574
Design Data
Height (ft) 15.5
Inner Diameter (ft) 4.92
Wall Thickness (inches) 1.93
Design Pressure (psig) 715.3
Vessel Material Carbon Steel
Tray/Packing Tray
Tray Type Sieve
Tray Material Carbon Steel
Number of Trays 1
Purchase Cost $496,260.10
Costing Information Source Product and Process Design Principles™
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DISTILLATION COLUMN

Identification: COL-301

Function: Takes the liquid streams from compressors (C-201, C-202) and separates C1-C3 from BTX

compounds.

Operation: Continuous

Mass Flow (Ib/hr)

Feed 2 Feed 3 (Boil

Feed 1 (Reflux) up) Exit 1 Exit 2
Materials Handled: S-210 S-304 S-309 S-301 S-306
Hydrogen Trace Trace Trace Trace Trace
Methane 2717 5.39 Trace 2723 Trace
Ethane 7038 50.7 Trace 7089 Trace
Ethylene 608 3.61 Trace 612 Trace
Propane 711 9.08 Trace 720 Trace
Propylene 143 1.07 Trace 144 Trace
Benzene 78642 1664 104030 10037 174298
Toluene 35508 351 26936 1186 61609
P-Xylene 9175 19.1 4094 42.8 13244
1,3,5-Trimethylbenzene 11739 Trace 3154 Trace 14893
Total Flow (Ib/hr) 146280 2104 138214 22553 264044
Design Data
Height (ft) 112
Inner Diameter (ft) 2.28
Wall Thickness (inches) 1.13
Design Pressure (psig) 114
Vessel Material Carbon Steel
Tray/Packing Tray
Tray Type Sieve
Tray Material Carbon Steel
Number of Trays 65
Mass Reflux Ratio 0.103
Mass Distillate to Feed Ratio 0.142
Purchase Cost $835,061.31

Costing Information Source

Product and Process Design Principles™
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DISTILLATION COLUMN

Identification: COL-302

Function: Takes the bottoms product of COL-301 and separates BTX compounds from heavier

hydrocarbons.

Operation: Continuous

Mass Flow (Ib/hr)

Feed Feed Exit1 Exit 2

Feed (Reflux) (Boil up) (Distillate) | (Bottoms)
Materials Handled: S-310 S-314 S-318 S-311 S-316
Benzene 70269 70269 Trace 115357 Trace
Toluene 34673 34673 Trace 56920 Trace
P-Xylene 9151 9136 389 14998 404
1,3,5-Trimethylbenzene 11739 40.5 182351 66.5 194050
Total Flow (Ib/hr) 125831 114118 182741 187342 194453
Design Data
Height (ft) 77
Inner Diameter (ft) 9.14
Wall Thickness (inches) 0.56
Design Pressure (psig) 26
Vessel Material Carbon Steel
Tray/Packing Tray
Tray Type Sieve
Tray Material Carbon Steel
Number of Trays 42
Mass Reflux Ratio 0.642
Mass Distillate to Feed Ratio 0.907
Purchase Cost $1,422,606.78

Costing Information Source

Product and Process Design Principles™
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Fired Heaters

FIRED HEATER

Identification: F-401, F-402, F-403, F-404, F-405, F-406, F-407

Function: Burns hydrogen and methane from the PRISM Unit to boil water to form high pressure steam
for heating requirements.

Operation: Continuous

Mass Flow (Ib/hr)

Combustion Side Water S